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Rate-based simulation of a high pressure counter-current packed column for supercritical CO 2 
Introduction
Fractionation of liquid mixtures using supercritical solvents has been proposed and studied as a promising tool for new separation challenges, as well as an alternative to current separation processes [1, 2] . In this way, the use of supercritical carbon dioxide (scCO 2 ) as a solvent proposes a more environmentally friendly technology when compared to conventional organic solvents. The main potential appli cations include deterpenation of citrus oils [3 6 ], purification and removal of solvent residues from edible oils [7] , fractionation of fish oils [8, 9] , recovery of high value lipid compounds from edible oils or by products [10, 11] and extraction of alcohols and other organic sol vents from aqueous solutions [12, 13] .
In a typical fractionation process, the mixture to be separated and the supercritical solvent are fed to a separation column (generally a packed column) operated in counter current mode. During contact, the components of the mixture distribute between the liquid and super critical phases according to their volatility and affinity for scCO 2 to an extent determined by the prevailing temperature, pressure and com position conditions, as well as the effective mixing and contact area of the phases. The supercritical phase leaving the column at the top ("extract") is then totally or partially expanded in a separator where solutes condense and are recovered. The processed liquid phase leaves the column at the bottom ("raffinate"). The general features of this process are similar to the gas liquid contacting operations, and there fore its mathematical description is usually analogous or directly based on the theories developed for those operations. The main differences are connected to the particular properties of the supercritical phase (which cannot be considered simply as a gas, because of its significantly higher density and viscosity) together with the complexities of high pressure phase equilibria in ternary or multicomponent systems.
Due to the usually large solvent flow rates required by such pro cesses when CO 2 is used, process optimization is fundamental to assess economic feasibility, including not only the fractionation column but also the separators and solvent regeneration cycle. Costly and time consuming experimental work [14] can be alleviated through the use of computational tools based on robust and reliable thermodynamic and mass transfer models.
Similarly to gas liquid and liquid liquid operations, two different approaches can be proposed for modeling and simulation of super critical fractionation columns: (i) methods based on the concept of equilibrium stage, and (ii) rate based or "non equilibrium" methods, based upon hydrodynamic and interfacial mass transfer along with a thermodynamic equilibrium assumption at the interface.
In "equilibrium stage" methods the column is modeled as a suc cession of discrete units where the phases mix and reach equilibrium before separating. Concentrations are assumed to be homogeneous in each phase. This approach is applied to packed columns through the concept of "height equivalent to a theoretical stage" (HETS), i.e., the height of packed bed which produces a separation output similar to an equilibrium stage. Many commercial process simulation softwares propose calculation modules for contactors based on this approach. Although easy to implement and very useful to assess and compare performances of a complete process, equilibrium stage methods are somewhat limited due to the poor generalization capability of the concept of HETS or "stage efficiency", which is very dependent on the physical properties of the system and the flow rates, as well as the contacting technology. Therefore their evaluation is complex and highly sensitive to the operating conditions.
On the other hand, rate based methods take into account the mass transfer kinetics between phases and do not assume that the phases are globally in equilibrium after contact but only at the interface. For this reason, they are often called "non equilibrium" methods. In these models, the mass transfer and hydrodynamic particularities of each system are explicitly computed based on physical and geometrical properties. Ruivo et al. [15] applied this approach to the dynamic si mulation of the separation of methyl oleate and squalene with scCO 2 in a counter current structured packing column. Their model consists in a set of differential mass balances for each phase and algebraic equations accounting for mass transfer and hydrodynamic aspects. Phase equili brium at the interface was taken into account through an empirical correlation, and the interfacial fluxes were calculated using overall mass transfer coefficients. With this model, steady state but also the initial transient period and the dynamic response to perturbations could be described. In a more recent work, Fernandes et al. [16] have ex tended this model to non isothermal operation by incorporating an energy balance. Martin and Cocero [17] have developed a steady state model for the scCO 2 fractionation of liquid mixtures in counter current packed columns with external reflux based on differential mass and energy balances, describing mass transfer by Maxwell Stefan multi component diffusion theory. Their model was validated against ex perimental data on edible oils fractionation and fish oil ethyl esters separation. The model was solved by an iterative method, guessing the outlet gas flow rate and composition and calculating backwards the corresponding inlet values until obtaining the specified or experimental values within a certain tolerance. The only fitted parameter was the effective interfacial area.
In the present work, a dynamic rate based model of a high pressure counter current packed column is presented and applied to the simu lation of the extraction of isopropanol (IPA) from dilute aqueous solu tions using scCO 2 . This kind of separations is of great interest for the recovery of bio alcohols in fermentation processes, and has been ex perimentally studied in bench scale fractionation column in our pre vious work [18] . Two different types of packing and various operating conditions have been studied. In that work, the fractionation process was described using the equilibrium stage approach. The number of equilibrium stages was found to be between one and two for a 2 m height column, this number being dependent on operating conditions, which reflects the fact that the stage approach is not well suited to that particular case. The same ternary system has been previously studied by Rathkamp et al. [19] who characterized mass transfer performances of a spray column, with and without a packing, and proposed a descrip tion using the conventional NTU HTU approach. In their work they considered droplets of fluid phase flowing through a continuous liquid phase, with transfer of isopropanol only, and described thermo dynamics using a constant partition coefficient, which is likely to be not enough accurate for these complex systems. We propose here to further analyse our previous experimental results making use of a dynamic rate based model. In order to preserve the numerical cost at a reason able expense, the thermodynamic equilibrium data over a large range of operating conditions are calculated first and embedded in the dynamic simulator as correlations. With this approach, the concentration profiles 
The effective interfacial area was assumed to be equal to the wetted packing area, which was estimated with the following correlation from Onda et al. (Eq. (7)):
where σ c is the "critical" surface tension of the packing material and σ L the surface tension of the liquid. Ga L and We L are the Galilei and Weber numbers for the liquid phase, respectively. The calculation of themo dynamical and physico chemical properties is presented in the fol lowing sections. Finally, the liquid hold up (h L ) was estimated with a standard cor relation for randomly packed columns [25] , according to Eq. (9):
All symbols and non dimensional numbers are defined in the no menclature. All details regarding the characteristics of the fractionation column can be found in our previous work [18] . The main information is reported in Table 2 .
Thermodynamic model
As mentioned, the model assumes thermodynamic equilibrium at the interface. The IPA water CO 2 ternary phase equilibrium was com puted using the Simulis ® Thermodynamics software (ProSim SA, France). A combined equation of state/activity coefficient model (EoS/ G E ) approach with suitable complex mixing rules was selected. The equation of state is the Soave Redlich Kwong equation [26] with the modification proposed by Boston Mathias [27] . The co volume b of the SRK equation is obtained from a standard mixing rule (arithmetic mean of the corresponding parameters of the pure compounds). The term a of the SRK equation is computed using the PSRK mixing rule [28] and the UNIQUAC model [29, 30] is used to calculate the excess energy at zero pressure, G E 0 , involved in the PSRK mixing rule. More detailed in formation about the modeling of the system phase behaviour can be found in our previous work [18] .
Physico chemical properties
The equations involved in the column model require the knowledge or an estimation of several physico chemical properties of the pure compounds. The needed physico chemical properties of pure IPA, water and CO 2 are presented in Table 1 , as obtained from NIST.
The density and viscosity of the fluid and liquid phases were as sumed to be constant along the column and equal to those of pure CO 2 and pure water at the specified pressure and temperature conditions, neglecting the effect of the low concentration of solutes and the com position changes along the column. This simplification, limited to dilute liquid solutions, was verified with available experimental data.
For density of the liquid phase, experimental results reported by Hebach et al. [31] indicate that the density of CO 2 saturated water within the range of operation conditions covered in this work differs only around 1% with respect to pure water at the same conditions. Regarding the fluid phase, to the best of our knowledge there are no density data for the systems CO 2 + water or CO 2 + isopropanol at su percritical conditions in the open literature. However, as a reference, data of saturated density of the system CO 2 + ethanol at near critical and supercritical conditions (40 and 55°C, 7 9 MPa) indicate that the difference with pure CO 2 density is below 12% [32] . Calculations performed with the Simulis © software using our thermodynamic model at the inlet: flow rate and composition are constant at the outlet: zero gradient for all quantities.
A second order upwind scheme is used for internal nodes (k = 3, …,N − 1) as well as for the definition of the Neumann boundary Note that the Reynolds number for the liquid phase has to be cal culated in terms of effective interfacial area (a eff ), as in Eq. (6):
for a mixture consisting in 99% CO 2 , 0.5% water and 0.5% IPA (close to the composition of the fluid phase in the column) predict a 9% devia tion with respect to pure CO 2 density, as provided by the NIST data base.
Supercritical fluid phase viscosity was estimated with the method of Lucas [33] for dilute mixtures of IPA and water (up to 2%) in scCO 2 and was found similar to the viscosity of pure CO 2 under the same condi tions within a maximum deviation range of 15%. For the viscosity of the liquid phase, data reported by Tanaka et al. [34] show that the viscosity of aqueous solutions of IPA under pressure increases with IPA concentration, reaching a maximum at around 60% wt. On the other hand, it is known that the dissolution of supercritical solvents in liquids decreases their viscosity. For example, data of CO 2 + oleic acid and CO 2 + squalene show that the saturated liquid viscosity is reduced with increasing pressure, along with a higher dissolution of CO 2 [35] . To the best of our knowledge, there is no information regarding the viscosity of water saturated with CO 2 at high pressure conditions, but a similar behaviour is expected to occur, although in a lesser extent considering that scCO 2 solubility in water is lower than in lipidic liquids. Therefore, considering the opposite effects of IPA and CO 2 on the aqueous phase viscosity, the latter was assumed to be equal to that of pure water.
The surface tension of the liquid phase (σ L ) was estimated using the method of Tamura, recommended for aqueous solutions of organic compounds [33] , corrected to account for the effect of pressure. The details of this method are given in Appendix A. Briefly, the mixture surface tension is calculated by interpolation of the pure compound values as a function of the mixture composition. The model was fitted to experimental data of surface tension for the ternary system IPA + water + CO 2 at high pressure conditions [36] , and allowed es timation of the surface tension variation along the column. This was thought to be necessary due to the fact that this property is sensitive to the presence of IPA and has a strong influence on the value of the wetted or effective interfacial area, a key parameter for mass transfer.
The diffusion coefficients of IPA and water in the supercritical phase (D 13 and D 23 ) and of IPA and CO 2 in the liquid phase (D 12 and D 32 ) were estimated using the conventional method of Wilke and Chang [33] for liquids. The calculation details are given in Appendix B. Although this method provides an estimation of binary diffusion coefficients at in finite dilution, the values obtained are expected to hold because of the low concentration conditions that prevail in both phases in the case of dilute mixtures fractionation.
Numerical resolution
The model was implemented in the Matlab © software. The differ ential mass balance equations (Eqs. (1) and (2)) were solved using a finite difference discretization method based on N grid nodes. The first and last nodes receive the conventional following boundary conditions: condition at node N, according to Eq. (9):
A second order centred scheme is used for the second node (k = 2), according to Eq. (10).
In this way, the set of 6 partial differential equations (3 components and 2 phases) is transformed into a set of 6N ordinary differential equations. The resulting system of ordinary differential equations and algebraic equations is integrated over time using a fourth order explicit Runge Kutta (RK4) method. For each set of operating conditions, the time step is automatically adjusted in order to meet the stability cri terion (current number < 1).
In general, concentrations as well as total and partial flow rates are function of time and location along the column. When the solution to be purified is concentrated, the solute extraction by scCO 2 may modify significantly the liquid flow rate (and all associated properties). Also, the dissolution of CO 2 in the liquid phase may be important in some cases, and therefore the fluid flow rate can be reduced in the same way. However, as previously mentioned, we consider in the present work dilute liquid feeds so it is acceptable to consider that the flow rates and the liquid hold up are practically constant along the column. Therefore the resolution of the mass balance equations is simplified: for each time step they are solved considering constant h L , Q L and Q F along the column, and only the initial composition profile of each phase is re quired as initial condition. This assumption holds as long as the net mass flux through the interface is small as compared to the mass flow rate of each phase. This clearly constitutes a limitation of our modeling approach which is indeed only valid for dilute mixtures but actually corresponds to the recovery of dilute alcohols from fermentation broths.
Solving this set of equations requires the calculation of the equili brium concentrations at the interface for each node at each time step. Implementing these thermodynamic equilibrium calculations using Simulis © proved to yield very lengthy computations because of the numerous calls to an external procedure (i.e., the Simulis © software toolboxes). To improve the computational efficiency of this dynamic simulator, ternary equilibrium data were beforehand computed for a wide range of compositions, at the specified operation temperature and pressure, and stored as a set of cubic spline interpolation functions.
Results and discussion

Simulation parameters and preliminary runs
As mentioned, the model was validated by fitting experimental steady state fractionation data of dilute aqueous mixtures of IPA using scCO 2 , obtained by Lalam et al. using a bench scale counter current column, as reported in a previous work [18] . The adjustable coefficients of Eqs. (4) and (5) were obtained in order to reproduce the recovery ratio and mass fraction of IPA in the raffinate stream under different temperature, pressure and solvent to feed ratio conditions. Table 2 shows the column and packing characteristics used in the experiments, required by the model as input information. Two types of packing have been evaluated: stainless steel springs and a porous me tallic (FeCrAlY) foam.
A first set of preliminary runs were performed in order to determine appropriate discretization and integration parameters. In order to ob tain reproducible and stable numerical results, 100 grid points (each of 2 cm height) and a time integration step of 0.3 s were sufficient in most cases. Calculations were carried out until the outlet concentrations were constant (steady state conditions). However, the accurate prediction of the transient period duration was not an objective of this work. The dynamic simulation approach is used here as a strategy to avoid the initialization problem that usually arises in steady state models, which are solved iteratively and whose performance rely on the quality of the initial guess of the outlet conditions [17] .
As mentioned, due to the constant flow rate hypothesis, only the initial composition profiles along the column are required as initial conditions. Different initialization strategies were tested. The fluid phase was considered initially as pure scCO 2 in all runs, but different initial profiles for the liquid phase were tested: (i) pure water; (ii) a composition profile equal to that of the liquid feed, and (iii) variable composition profile with a linear gradient of IPA from the liquid feed composition at the top to zero at the bottom. In all cases, the model proved to converge toward the same steady state solution, with dif ferences regarding the duration and behaviour of the transient period, as shown in Fig. 2 for a given set of operating conditions. Notice that the curves corresponding to the initial liquid phase configurations (ii) and (iii) almost completely overlap.
The model also provides information about the calculated con centration profiles along the column, as well as the interfacial mass transfer fluxes and partial flow rates. As an example, Fig. 3 shows the calculated profiles for the fractionation of a 5% IPA solution at 40°C, 10 MPa and a solvent to feed ratio (Q F /Q L ) equal to 9.5 kg/kg using the springs packing. This kind of information can be very useful for tech nological improvement, as it allows detecting if the mass transfer is low in a certain part of the column. It can be checked that the magnitude of the mass flux between phases remains small compared to the mass flux of each phase (total liquid mass flux is equal to 0.587 kg/(m 2 s)) thus validating the nearly constant mass flow rate assumption. Table 3 shows the density and viscosity values for the liquid and fluid phase used in the simulations at all the studied temperature and pressure conditions. Table 4 shows the calculated IPA diffusion coeffi cients and mass transfer coefficients in the liquid and fluid phases. Note that, due to the hypothesis of constant fluid properties along the column, single values of k L and k F are calculated for each condition. Fig. 4 shows numerical and experimental results of IPA mass frac tion and recovery ratio of water and IPA in the raffinate phase as a function of operating pressure, at constant temperature (40°C) and Q F / Q L ratio (6.04 kg/kg), for the fractionation of a 5% IPA solution using springs packing. Experimental results are given in terms of composition and recovery ratio in raffinate, because, on an experimental point of view, this outlet phase is easier to recover and analyse than the extract phase. Recovery ratio in the raffinate is obtained by dividing the flowrate of the considered compound in the raffinate by the flowrate of the compound in the feed.
Influence of pressure and temperature
The experimental reproducibility has been assessed and demon strated in our previous work [18] . Each run was reproduced in quad ruplicate and results were found reproducible with a mean deviation equal to 0.005% for raffinate IPA mass fraction and 0.35% for raffinate Table 2 Packed column parameters used in the calculations. IPA recovery ratio. The values of the coefficients of the Onda correlations (α and β) were manually fitted in order to reproduce the experimental results, with a good agreement using α = 1.05 and β = 0.001, valid for all experiments related to the springs packing at 40°C. With these values, the absolute average relative deviation (AARD) was 16.4% for the IPA mass fraction and 17.6% for the IPA recovery, both in the raffinate. This implies that the mass transfer coefficient values predicted by the ori ginal correlations of Onda are divided approximately by 5 in order to reproduce the experimental data obtained in our column. Onda's cor relations were developed from data obtained in conventional gas liquid systems, at atmospheric pressure, and therefore may not be directly applicable to our specific case, in which the gas phase is replaced by a dense supercritical phase and the packing type and column dimensions may induce specific flow patterns. Therefore, the original coefficients were replaced by adjustable parameters in order to account for these features. Concerning flow patterns, it must be remembered that the correlations of Onda were developed from data obtained in gas ab sorption packed columns with a high ratio between column diameter and packing size. In our fractionation column, this ratio is lower and Fig. 2 . IPA concentration in liquid (a) and fluid (b) outlet currents vs. time for the fractionation of a 5% IPA solution at T = 40°C, P = 10 MPa, Q L = 0.48 kg/h and Q F /Q L = 9.5 kg/kg, using different initial liquid phase profiles: (--) pure water; (-) 5% IPA solution; (···) linear profile. Fig. 3 . Calculated mass fraction of compounds (x i , y i ) and mass transfer flux (J i ) profiles for the fractionation of a 5% IPA solution at T = 40°C, P = 10 MPa, Q L = 0.48 kg/h and Q F / Q L = 9.5 kg/kg using springs packing. The calculation time was 10 min, corresponding to the steady state solution.
Table 3
Fluid and liquid phase properties used in the calculations. wall effects are suspected to be much more pronounced, reducing the effective interfacial area and the column performance. Moreover, axial dispersion has not been taken into account in the model. Thus, it has been chosen to reflect these phenomena, including pressure effects, in the values of mass transfer coefficients.
In Fig. 4 , it can be observed that the model describes correctly the enhancing effect of pressure on the column efficiency within the studied range. Although the fluid phase density and viscosity increase with pressure (see Table 3 ), with a subsequent decrease of the mass transfer coefficient, this effect is compensated by an IPA partition coefficient (m 1 ) enhancement (almost 2 fold) as CO 2 density increases. This can be seen in Fig. 5 , which shows the representative values of m 1 as well as the IPA mass transfer resistance in both phases, defined according to Eqs. (13) and (14):
The m 1 values shown in Fig. 5 are mean values calculated for comparison using the column global composition. Although the parti tion coefficient is composition dependent, in the case of dilute mixtures its variation is limited within a narrow range, as can be seen for a ty pical run in Fig. 6 .
As can be observed in Table 4 , the k L values calculated by the model are practically independent of pressure, because the change in the li quid relevant properties (density and viscosity) with pressure is very low. Therefore, the mass transfer resistance on the liquid side also re mains almost constant, as shown in Fig. 5 . On the other hand, the k F Table 4 Calculated IPA diffusion coefficient (D) and mass transfer coefficient (k) in fluid and liquid phase. It can be seen that the model was able to fairly reproduce the ex perimental data trend (AARD of 21.3% and 20.6% for IPA concentra tion and recovery, respectively), with a good matching for Q F /Q L ≥ 6 but higher deviations at Q F /Q L < 6. In fact, for low Q F /Q L ratios (< 6) the model overpredicts the fractionation performance, yielding to lower concentration values of IPA in the raffinate phase than those observed experimentally. In this low Q F /Q L region, lower values of the para meters α and β should be used in order to reproduce correctly the ex perimental results, as discussed in the next paragraph. This possibly indicates a change in the column hydrodynamic regime, which is not explicitly taken into account in the applied correlations. In particular, as low Q F /Q L ratio correspond to low CO 2 flow rate, a hypothesis could be that the column is operated at conditions below loading point, where liquid and CO 2 phases weakly interact.
Simulations were also performed at higher Q F /Q L ratios (up to 20), predicting that for Q F /Q L > 15 the recovery and concentration of IPA in the raffinate change at a very low rate. Operation in this region becomes more expensive, as the cost of CO 2 recompression increases, with only a minor improvement in the separation efficiency. Besides, it can be observed from raffinate recovery ratio (Fig. 9(b) ) that the ex traction of water in the supercritical fluid phase increases, reducing selectivity of extraction and thus the IPA purity in the extract.
Influence of packing type
In order to evaluate the model performance with different packing characteristics, simulations were performed and compared with ex perimental results using a metallic foam packing, as reported by Lalam et al. The main characteristics of this foam are presented in Table 2 . Fig. 10 shows the experimental and numerical results for the frac tionation of a 5% IPA solution at 10 MPa and 40°C and at different Q F / Q L ratios. The results with springs packing are also presented for comparison. Numerical results for the foam packing were calculated using α = 1.38 and β = 0.0018 as adjusted coefficients. As in the case of springs, a fair agreement was obtained for Q F /Q L > 6 (AARD of 33% for IPA concentration and recovery in the raffinate), with higher de viations for Q F /Q L < 6 (47%).
It is interesting to note that, for both types of packing, there seems to be a change in the experimental data slope around Q F /Q L = 6, which is not correctly reproduced by the model. As mentioned, this may be due to a change in the column hydrodynamic regime and inner flow patterns, which would affect the phase distribution, the effective in terfacial area as well as the mass transfer coefficient values. This sudden change of behaviour can also remind the conventional "loading point" of a packed bed as encountered in gas liquid columns. This analogy Fig. 9. (a) IPA wt% in raffinate (in CO 2 -free basis) and (b) raffinate recovery ratio of IPA and water versus solvent-to-feed ratio for the fractionation of dilute IPA solutions (5 wt%, T = 40°C, P = 10 MPa, Q L = 0.48 kg/h) using springs packing. Dots: experimental results from Lalam et al. [18] . Lines: simulation results with α = 1.05 and β = 0.001. In this work, in order to take into account the effect of scCO 2 , the surface tension of pure water (σ w ) was replaced by the value for water under CO 2 pressure within the experimental range covered here. More details can be found in the work by Tamura et al. [41] . where M B and μ B are the solvent molar mass (g/mol) and viscosity (cP), V A is the molar volume of the solute at its normal boiling temperature (cm 3 / mol), T is the system temperature (K) and ϕ is the association factor of the solvent (ranging from 2.6 if the solvent is water to 1.0 if it is unassociated).
